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Abstract

In this paper, design and control of a realistic coupled reactor/column process to produce ethyl acetate is studied. The process
design is more complicated because the ethyl acetate product is neither the lightest nor the heaviest component in the system. A
search procedure is proposed to obtain the optimum process design and operating condition of this process. The optimum process
design is the one that minimize the Total Annual Cost (TAC) of this process while satisfying the stringent product impurity spec-
ifications. The optimum overall process design includes a continuous-stirred tank reactor (CSTR) coupled with a rectifier, a decan-
ter, another stripper, and a recycle stream. After the process design is established, the next step is to use dynamic simulation to test
the appropriate control strategy for this process. Sensitivity analysis is performed to obtain the suitable temperature control points
for the columns. The proposed control strategy is very simple containing only one temperature control loop in each column. This
recommended simpler control strategy uses the ratio of acetic acid feed rate to ethanol feed rate to control the 5th stage temperature
of the rectifier and uses the stripper reboiler duty to control the 5th stage temperature of the stripper. The proposed control strategy
does not need any on-line composition measurements and can properly hold product purity in spite of feed flow rate and feed com-
position disturbances. For small deviations of the product impurity compositions during disturbances, a slow cascade outer com-
position loop structure can be implemented using off-line composition measurements from the quality lab.
� 2004 Elsevier Ltd. All rights reserved.
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1. Introduction

Ethyl acetate is an important organic solvent widely
used in the production of varnishes, ink, synthetic resins,
and adhesive agents. Ethyl acetate (EtAc) is normally
produced via reversible reaction of acetic acid (HAc)
with ethanol (EtOH). There are only a few papers in
the literature on the subject of the production of ethyl
acetate via reactive distillation. For steady-state simula-
tion of ethyl acetate reactive distillation column, Chang
and Seader [1] used homotopy-continuation method to
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solve the steady-state simulation on an ethyl acetate
reactive distillation column. Simandl and Svrcek [2] in-
stead used inside–outside method for the steady-state
simulation. For dynamic simulation, Alejski and Duprat
[3] formulated a dynamic mathematical model of a reac-
tive distillation and validated the accuracy of the simpli-
fied model via experimental data. All of the above
simulations did not obtain high-purity ethyl acetate
product and did not consider the possible liquid–liquid
equilibrium in the system.

For the process design of this system with reactive
distillation column, Keyes [4] was, perhaps, the first re-
ported paper on an ethyl acetate process using a reactive
distillation column in combination with a pre-esterifica-
tion reactor, two recovery columns, and a decanter. His

mailto:chien@ch.ntust.edu.tw 


436 I-L. Chien et al. / Journal of Process Control 15 (2005) 435–449
process is quite complex and contains quite a few proc-
ess equipments. Bock et al. [5] designed an uncatalyzed
ethyl acetate process with excess ethanol containing a
reactive distillation column and a pressurized recovery
column. Although high-purity ethyl acetate product
can be obtained from the bottom of the recovery col-
umn, the top product containing EtOH/EtAc/H2O has
to be recycled back to the reactive distillation column,
and, the bottom of the reactive distillation column con-
taining EtOH/H2O which needs further treatment. Vora
and Daoutidis [6] studied the operation and control of a
single reactive distillation column. The top product is
not pure enough, and also the bottom product stream
contains all four components in the system. Thus, it will
be very difficult for further treatment of the bottom
stream. Recently, Tang et al. [7] proposed an overall
optimum design of ethyl acetate reactive distillation sys-
tem. Their overall design includes two columns (one
reactive distillation column and a second stripping col-
umn), one decanter, and two recycle streams.

In this paper, an alternative process design other than
the reactive distillation column is used to produce ethyl
acetate. A coupled reactor/column configuration will be
explored. The principal behind the coupled reactor/col-
umn system, similar to reactive distillation, is that the
continuous removal of products from the reaction mix-
ture by distillation reduces the backward reaction rate.
The advantages of the coupled reactor/column configu-
ration over reactive distillation column according to Yi
and Luyben [8] include: the existing reactor and distilla-
tion column in the plant can be retrofitted for this usage,
easy catalyst replacement, and larger reactor holdup can
easily be designed, etc. In a three-paper series by Yi and
Luyben [8–10], they studied the design and control of
various coupled reactor/column systems. The studied
systems include: a binary reactor/rectifier, a binary
reactor/stripper, a multicomponent reactor/rectifier, a
multicomponent reactor/rectifier/stripper, and a more
complex process that consists of a coupled reactor/strip-
per, two distillation columns and one recycle stream.
Their studied systems are very simple, ideal chemical
systems and also no liquid–liquid equilibrium is consid-
ered. Chiang et al. [11] studied a coupled reactor/column
system for the production of amyl acetate. Their process
is much simpler than the ethyl acetate process because
amyl acetate has the highest boiling point in the system.
Their system with the configuration of reactor/rectifier/
stripper produces amyl acetate from the bottom of the
stripper and also produces water through aqueous phase
of a decanter.

In the case of ethyl acetate production, the complete
process configuration will need to be more complex be-
cause the ethyl acetate and water products are neither
the lightest nor the heaviest component in the system.
Burkett and Rossiter [12] studied the control strategy
of a reactive distillation column with the reaction
occurred at the base of a distillation column which is
similar to the coupled reactor/column system that will
be investigated in this paper. In their system, the top va-
por of the column after condensation separates into two
liquid phases with the organic phase as the ethyl acetate
product. However, the composition of the ethyl acetate
product is not pure enough for industrial usage and also
no detailed design condition or detailed control study is
given in their paper.

The organization of this paper is as follows. The opti-
mum design of a complete coupled reactor/column sys-
tem will be proposed in Section 2. A search procedure
will be given to obtain the optimum process design
and operating condition of this process. The control
strategy development of this process will be presented
in Section 3. Sensitivity analysis is performed to obtain
the suitable temperature control points inside the col-
umn. Closed-loop dynamic simulation will be used to
evaluate the performance of the proposed control strat-
egy. The proposed control strategy needs to hold prod-
uct purity despite feed flow rate and feed composition
disturbances. Some concluding remarks will be given
in Section 4.
2. Optimum process design and operating condition

2.1. Conceptual design of the overall coupled reactor/

column system

The thermodynamic model used in this study is the
same as the one in Tang et al. [7]. A suitable NTRL
(nonrandom two-liquid) model parameter set has been
established with excellent prediction of the compositions
and temperatures for the four azeotropes in this system.
Vapor association of acetic acid due to dimerization has
also been included by using the second virial coefficient
of Hayden–O�Connell model [13] for the vapor phase.
The predicted four azeotropes in this system include
three homogeneous azeotropes of EtOH–EtAc, EtOH–
H2O, and EtOH–EtAc–H2O and also one heterogene-
ous azeotrope of EtAc–H2O. The computed azeotropic
compositions and temperatures agree very well with
the experimental data in the open literature. This ther-
modynamic model set also predicted all binary VLE
and all ternary LLE very well in comparison with the
experimental data. The residue curve maps of three-
component HAc–EtAc–H2O and also EtOH–EtAc–
H2O are shown in Figs. 1 and 2.

From Figs. 1 and 2, the highest boiling point temper-
ature of the whole system including the pure compo-
nents and azeotropes is the acetic acid (HAc) at 118.01
�C and the lowest temperature of the whole system is
the EtOH–EtAc–H2O three-component azeotrope at
70.09 �C. The next lowest temperature of the whole sys-
tem is the heterogeneous EtAc–H2O two-component
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Fig. 1. Residue curve map of HAc EtAc–H2O system.
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Fig. 2. Residue curve map of EtOH–EtAc–H2O system.
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azeotrope at 70.37 �C. The proposed coupled reactor/
column system is designed to let most of the reaction oc-
curred in a CSTR with heat input to vaporize the CSTR
product into vapor phase. The vapor product is contin-
uously drawn off from the CSTR in order to promote
the forward reaction further. The vapor product is fed
into the bottom of a rectifier (without heat source) for
further separation. The bottom liquid product from
the rectifier is designed to have mostly HAc so that it
can be returned back to CSTR for reaction purpose.
The top vapor from this rectifier is ideally to have top
temperature somewhere between the two lowest temper-
atures (70.09 and 70.37 �C) of the whole system and also
to ensure this mixture after condensation to be inside the
two-liquid-phase boundary. This mixture after sub-cool-
ing to 40 �C can be naturally separated inside a decanter
to form organic phase and aqueous phase.
From Fig. 2, the water purity of aqueous phase
should be quite high, thus is suitable for discharge.
The EtAc composition in the organic phase, although
quite high, still does not meet the high purity specifica-
tion of the final EtAc product. The organic phase com-
position by natural liquid–liquid separation has the
benefit of crossing the distillation boundary into a desir-
able region to obtain pure ethyl acetate product. This
organic phase stream is partly refluxed and is partly de-
signed to feed into another stripper with reboiler for fur-
ther purification into the final EtAc product. The
bottom stream of this stripper should have very high
EtAc product purity. The top vapor of this stripper with
composition near the top vapor of the rectifier is also
condensed and then fed into the decanter. In order to
ensure that the mixed feed composition into the decanter
is well inside the two-liquid-phase boundary; additional



Fig. 3. The proposed design of this system.
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water stream may also be injected into the decanter. The
proposed design of this overall coupled reactor/column
system is presented in Fig. 3.

2.2. Optimum design flowsheet

The kinetic model for this chemical reaction system is
from the paper by Alejski and Duprat [3] and later used
by Tang et al. [7]. One set of the kinetic parameters
which will be used only in the CSTR reactor is for the
situation with sulphuric acid as homogeneous catalyst
and the second set of kinetic parameters which will be
used in each stage of the rectifier is for the situation
without catalyst.

The above coupled reactor/rectifying column system
can be simulated via Aspen Plus� with CSTR as the bot-
tom holdup of a distillation column with thermosyphon
reboiler. For this reason, the reboiler duty will not be a
degree of freedom in the steady-state simulation. It will
be used to specify an extremely small bottom flow rate
(e.g., 10�6 gmol/min is used in the simulation) to mimic
real situation with no liquid draw from the CSTR. An-
other two degree of freedoms in the overall system will
be used to specify the compositions of the HAc and
EtOH impurities in the final EtAc product. The HAc
composition in the final product stream is set to be
0.01 wt% by varying the organic reflux flow rate. The
EtOH composition in the final product stream is set to
be 0.2 wt% by varying the reboiler duty of the stripper.
This stringent product impurity specification is set in
accordance with the industrial requirement.

The remaining design variables which can be specified
in the optimization study are: the CSTR holdup, the to-
tal number of stages of the rectifier, and the total num-
ber of stages of the stripper. The remaining operating
variables which can be specified in the optimization
study are: fresh HAc feed flow rate, and the water injec-
tion rate into the decanter. The fresh EtOH feed flow
rate will be used to set the base flow rate of this overall
system. It is set at 411.9 gmol/min, the same flow rate as
in Vora and Daoutidis [6].

The overall search algorithm for the optimum design
and operating variables has quite large dimensions. In
order to avoid using more complicated mixed-integer
nonlinear programming technique combining with this
complex rigorous nonlinear process model, a much sim-
pler but may be less efficient exhaustive search proce-
dure is used in this paper. The procedure for the
optimization search can be seen in Fig. 4. Total Annual
Cost (TAC) of this overall system is used as an objective
function for the optimization search. The calculation of
the TAC follows the same equations as in Chiang et al.
[11] with conservative estimation of the overall tray effi-
ciency for both columns in the system to be 50%. In the
CSTR, the price correction factor for the shell material
is assumed to be more than twice of the price of materi-
als in the two columns (rectifier and stripper) for corro-
sion prevention purpose. From the flowchart in Fig. 4,
the optimized process design condition can be obtained
for each fixed fresh HAc feed rate. Combining all results
for each fixed fresh HAc feed rate, the final minimized
TAC process design condition can be obtained. The
optimum process design condition is shown in Table 1.

2.3. Some observations of this optimum design flowsheet

Comparing this optimum process design condition to
the one using reactive distillation in the paper by Tang
et al. [7], several observations can be made. The first
one is that the number of stages in the reactive distilla-
tion column (total of 29 stages) in Tang et al. [7] is much
greater than the number of stages in the rectifier in this
paper. The reason for large number of stages in the reac-
tive distillation column in Tang et al. [7] is to provide en-
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ough reaction holdups for this reaction. The ratio of the
TAC for this coupled reactor/column system to that of
the reactive distillation system in Tang et al. [7] is only
1.09. Since the proposed system in this paper has the
advantage of being able to use the existing CSTR and
column equipments and also other benefits mentioned
in the Introduction Section, studying of this coupled
reactor/column system is very valuable because only a
small excess of the total annual cost needs to be spend.

Fig. 5 shows four exhaustive search runs with four gi-
ven fixed fresh HAc feed rates. Each point in the figure
represents full iterative search for finding the minimum
TAC at this HAc feed rate. From the figure, HAc feed
rate of 333 gmol/min has been selected for the control
study in the next section. This optimum feed ratio of
the two reactants for this system is not set at one to
one ratio as other reactive distillation papers in the liter-
ature. In this system, the optimum ratio of the pure
EtOH to the pure HAc is 1.07:1. The extra EtOH is
needed so that it can be taking out with the aqueous out-
let stream (see Table 1). Notice that the pure EtOH to
the pure HAc ratio is not calculated by just using the
two feed flow rates since both feed streams contain some
water impurity. The ideal case with almost no EtOH and
no HAc in the aqueous outlet stream (this corresponds
to ideally obtain the top vapor composition of rectifier
at EtAc–H2O two-component azeotrope) can not be
achieved unless the stages of rectifier as well as the
CSTR holdup increase to unrealistic situation.

The vapor composition profiles for the two columns
can be seen in Fig. 6. Notice that for the rectifier, the va-
por composition for the 9th stage represents the vapor
feed composition into the rectifier from the CSTR and
the vapor composition for the 1st stage represents the
composition of liquid stream into the decanter. The top
vapor composition of the rectifier contains very little
HAc to satisfy the final product impurity specification.
This stream contains mostly EtAc for further purification
into the final product in the stripper. Although the liquid
composition profile for the rectifier is not shown in this
figure, the trend is similar to the vapor composition pro-
file with the bottom stream back into the CSTR having
mostly the HAc reactant (82.1 mol%). The purpose of
the stripper is to produce pure EtAc product at the col-
umn bottom. Fig. 6 clearly shows that this goal is
achieved. The top vapor composition of this stripper is
close to the top vapor composition of the rectifier, thus
this stream is also injected into the decanter.

In order to ensure that the mixed feed composition
into the decanter is well inside the two-liquid-phase
boundary and at the tie-line for the desired liquid–liquid
separation, additional water stream is also designed to
be injected into the decanter. The purpose of the water
addition is to push the mixed decanter feed composition
down inside the two-liquid envelope to contain less
EtOH so that after liquid–liquid separation the stripper
feed stream has less EtOH. Since the HAc composition
is extremely small in the stripper and also in the top va-
por of the rectifier, a three-component plot of Fig. 7 can
be used to demonstrate the above point.

With higher water flow rate, the organic reflux and
the stripper feed composition will have less EtOH, thus
resulting in easier separation and less annualized equip-
ment cost. On the other hand, higher water flow rate will
result in more EtAc loss through the aqueous stream
and also more costs for the waste water treatment.
Fig. 8 shows the trade-off between the annualized capital
cost and the operating cost with varying water addition
rate while all other design and operating variables are
held at constants. Water addition rate at 600 gmol/
min is a compromise point with minimum TAC.



Table 1
Optimum process design for this system

CSTR holdup (m3) 90
Rectifier total stages (where 9th stage is the CSTR) 9
Stripper total stages (including the reboiler) 9
Fresh EtOH feed flow rate (gmol/min) 411.9
EtOH feed composition 82.2 mol% EtOH and 17.8 mol% H2O
Fresh HAc feed flow rate (gmol/min) 333.0
HAc feed composition 95.2 mol% HAc and 4.8 mol% H2O
Vapor flow rate from CSTR to rectifier (gmol/min) 5215
Bottom liquid flow rate from rectifier to CSTR (gmol/min) 4470
Water injection rate into the decanter (gmol/min) 600.0
Organic reflux flow rate (gmol/min) 3133
Organic outlet flow rate into stripper (gmol/min) 1361
Stripper reboiler duty (kW) 721.7
Aqueous outlet flow rate (gmol/min) 1041.8
Aqueous outlet composition 96.58 mol% H2O, 1.97 mol% EtOH and 1.45 mol% EtAc
EtAc product flow rate (gmol/min) 303.1
EtAc product composition 99.58 mol% EtAc, 0.015 mol% (0.010 wt%) HAc, 0.38 mol% (0.20 wt%) EtOH
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Fig. 5. Minimized TAC at each fixed HAc feed flow rate.
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For the CSTR holdup, larger holdup promotes more
reaction thus less operating cost (e.g., heat duty) is
needed for the product purification. On the other hand,
larger CSTR holdup means more annualized equipment
cost for the reactor. Fig. 9 shows the trade-off between
the annualized capital cost and the operating cost with
varying CSTR holdup while all other design and operat-
ing variables are held at constants. Notice that for the
CSTR holdup at 86–88 m3, the trend for the increasing
of capital cost with increasing CSTR holdup is actually
reversed. This is because in these situations, the reduc-
tions of column diameters play more important role in
the overall capital cost than the increasing of the CSTR
holdup. The compromise point for the minimum TAC is
at the CSTR holdup of 90 m3.
3. Control strategy development

After the optimum steady-state base case condition
has been established, the next step is to convert this stea-
dy-state simulation into dynamic simulation. Aspen
DynamicsTM will be used to evaluate dynamic response
of the proposed control strategy under feed flow rate
and feed composition disturbances.

The disturbances considered for evaluation purpose
include: ±20% changes in the base flow (fresh EtOH
flow) of the system, ±20% changes in the EtOH feed
H2O composition, and ±50% changes in the HAc
feed H2O composition. Notice that both feeds contain
some H2O in the feed streams with normal EtOH feed
composition having 17.8 mol% of H2O and normal
HAc feed composition having 4.8 mol% of H2O. These
base case feed compositions are taken from Alejski
and Duprat [3].

3.1. Inventory control loops

The inventory control loops of this overall system
need to be determined first and then the product quality
control loops can be designed. Sometimes this is an iter-
ative control design procedure because we can swap the
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manipulated variables in the inventory loops with that
of the product quality control loops. The organic phase
level of the decanter will be controlled by manipulating
the organic outlet flow which is also the feed flow to the
Fig. 7. Three-component plot for the rectifier top
stripper. The aqueous phase level of the decanter will be
controlled by manipulating the aqueous outlet flow. The
bottom level of the stripper will be controlled by manip-
ulating the bottom flow which is also the final product
flow. P-only controllers as suggested in Luyben [14]
are used for these three level loops. The reason for the
P-only control is because maximum flow smoothing
can be obtained for this recycled process. The small level
offset introduced by the P-only controller will not affect
the final steady-state result. On the contrary, if PI con-
trollers are used for the level loops, additional oscilla-
tion introduced by the I-mode of the controller may
be exhibited to slow down the settling time of this recy-
cled process.

Pressures at top of two columns are all controlled by
their vapor outlet flows. The remaining inventory con-
trol loop is the CSTR level loop. This is a very impor-
tant inventory control loop because this level
determines the reaction volume. The dynamic response
of other inventory loops will not affect the final stea-
dy-state result but this loop will, thus PI controller is
used in this CSTR level loop to ensure no offset of this
level control loop. Since the liquid bottom flow rate of
the CSTR is set at zero, other alternative manipulated
variables should be considered to control the CSTR le-
vel. The candidate alternative manipulated variables
are: the CSTR heat duty, the fresh HAc feed flow rate,
and the organic reflux flow. The fresh HAc feed flow
is rejected in the consideration because this flow rate is
relatively much lower in comparison with the other flow
rates in/out of the CSTR (see Table 1). The organic re-
flux flow is also rejected in the consideration because it is
dynamically deficient. It needs to travel from the top of
the rectifier to the bottom into CSTR. The only manip-
ulated variable left which is suitable to control the
vapor, the decanter, and the stripper profile.
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CSTR level is the CSTR heat duty. This manipulated
variable will affect the vapor flow leaving the CSTR thus
changing the CSTR level.

After deciding the overall inventory control loops,
the remaining manipulated variables which can be used
in product purity control loops are: the fresh HAc feed
flow, the organic reflux flow, the water injection rate,
and the reboiler duty of the stripper. Ratio schemes will
be implemented to allow for some feedforward compen-
sation for the measurable disturbances. The fresh HAc
feed flow rate will be ratio to the base flow rate of EtOH.
The water injection rate will also be ratio to the base
flow rate of EtOH. These two ratios are set according
to the base case condition in Table 1. The organic reflux
flow rate will be ratio to the organic outlet flow rate so
that organic reflux ratio is held at a constant value as the
base case condition.

3.2. Selection of the temperature control point

Only tray temperature measurements will be consid-
ered for inferential control of the final product purity.
The assumption of no available on-line composition
measurement agrees well with the real industrial situa-
tion. In order to determine the proper temperature con-
trol point(s), sensitivity analysis will be performed next
to determine the temperature control point(s). Some
tray temperature in the rectifier will be used to infer
the HAc impurity in the final EtAc product stream. This
is workable because any HAc impurity in the top vapor
stream of the rectifier will be proportionally shown in
the final EtAc product stream. Certain tray temperature
in the stripper will be used to infer the EtOH impurity in
the final EtAc product stream. The sensitivity analysis at
the rectifier can be seen in the following Figs. 10 and 11
for ±1% changes in the fresh HAc feed ratio and ±1%
changes in the organic reflux ratio, respectively.

The first observation from these two figures of sensi-
tivity analysis is that the fresh HAc feed ratio has the
strongest effect to the tray temperatures. Only small
±1% changes in the fresh HAc feed ratio causes large
changes to the tray temperatures in the rectifier. For
comparison, the effect due to ±1% changes in the organ-
ic reflux ratio is much smaller than ±1% changes in the
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Fig. 10. ±1% changes in the fresh HAc feed ratio on temperature at
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Fig. 11. ±1% changes in the organic reflux ratio on temperature at
each stage.
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Fig. 12. ±1% changes in the fresh HAc feed ratio on HAc vapor
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Fig. 13. ±10% changes in the reboiler duty of the stripper on
temperature at each stage.
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fresh HAc feed ratio. It is concluded that the fresh HAc
feed ratio should be used to control some stage temper-
ature inside the rectifying column. The 5th stage temper-
ature will be used as the control point because the
sensitivity is large and also the behavior is quite linear.
This quite linear behavior can be observed in Fig. 10
by calculating the process gains for ±1% changes in
the fresh HAc feed ratio. Fig. 12 shows the HAc vapor
composition profiles for ±1% changes in the fresh HAc
feed ratio. Notice that at the 5th stage the HAc vapor
composition also varies significantly for ±1% changes
in the fresh HAc feed ratio. The sensitivity of composi-
tion and temperature corresponds well at the 5th stage.
The sensitivity analysis at the stripper can be seen in Fig.
13 for ±10% changes in the reboiler duty. From the fig-
ure, the 5th stage temperature should be used as the con-
trol point by manipulating the reboiler duty.
3.3. Tuning of the two temperature control loops

The proposed overall control strategy is presented in
Fig. 14. Notice that the ratio schemes are implemented
for the un-used organic reflux flow to maintain a con-
stant organic reflux ratio. The water injection rate is also
varied in accordance with the base EtOH feed flow rate.
The IMC-PI tuning rules of Chien and Fruehauf [15]
will be used to determine the PI tuning parameters of
the two important temperature loops which infer the fi-
nal product composition.

The initial dynamic responses of the open-loop step
changes will be use to tune these two temperature loops.
Fig. 15 shows the open-loop step response of the rectifier
5th stage temperature with ±1% changes in the fresh
HAc feed ratio at time = 1 h. Only the first two hours
initial dynamic responses are used to calculate the model
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parameters of an integrating model with deadtime. The
dynamic responses with these small perturbations are
observed to be quite linear because symmetrical dy-
namic behavior is observed in this figure. Once the mod-
el parameters are obtained from the step test, the PI
tuning parameters can easily be calculated following
Chien and Fruehauf [15]. The closed-loop tuning
parameter, scl, is set to be twice of the apparent dead-
time of this system. The PI tuning constants used in
the closed-loop simulations are: Kc = 15.9 and sI = 48
min.

Fig. 16 shows the open-loop step response of the
stripper 5th stage temperature with ±1% changes in
the reboiler duty at time = 1 h. Notice that the dynamic
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Fig. 15. Open-loop initial dynamic response for ±1% changes in the
fresh HAc feed ratio.
response is very unusual. Large overshoots are observed
in this open-loop step test. The overshoot response is
mainly due to the plantwide arrangement of this recycle
process. The feed flow rate and its compositions are
changed considerably due to the recycle stream of the
stripper top vapor. The overshoot response is due to
the composite dynamic response of the changes in the
reboiler duty, feed flow rate, and the feed composition.
Again, the initial dynamic response is most important
for the controller tuning purpose. Only the initial dy-
namic response (uses first 30 min to determine the model
parameters) is actually due to the changes in the reboiler
duty alone, thus this part of the dynamic response is
used for controller tuning purpose. Again, this system
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Fig. 16. Open-loop initial dynamic response for ±1% changes in the
reboiler duty of the stripper.
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is modeled as an integrating process to obtain the PI
tuning parameters. The PI tuning constants for this loop
are: Kc = 6.28 and sI = 20 min. One thing needs to be
mentioned is that this tuning strategy of emphasizing
the initial dynamic response needs to be modified when
encounters inverse-response system. In this case, the
time duration for the initial inverse response will be trea-
ted as additional deadtime in the process model for con-
troller tuning purpose.

3.4. Closed-loop simulation results

The closed-loop response for ±20% EtOH feed flow
rate changes can be seen in Fig. 17. The disturbances
are introduced at time = 5 h. Notice that both tempera-
Fig. 17. Closed-loop dynamic response for ±20%
ture control points are controlled back to their setpoint
values quite nicely. The manipulated variables are also
moved quite smoothly with no abrupt changes. Although
the closed-loop time constants appear to be rather large,
however, for this industrial scaled process, this smooth
closed-loop dynamic behavior is quite acceptable in
industry. The HAc to EtOH feed ratio is actually return
back to original ratio after some transient response.
The dynamic response of the HAc and EtOH impurities
in the final product stream can also be seen in this figure
(bottom two plots). Since there is no direct composition
control loop in this proposed control scheme due to lack
of on-line composition analyzer, small deviation of the
impurity from the base case condition is inevitable. For
these stringent product impurity specifications, the final
changes in the fresh EtOH feed flow rate.
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deviations of the two product impurities are considered to
be quite small and satisfactory.

The above disturbance test can be viewed as how
good the overall control strategy performed with
throughput demand changes. Notice that the EtOH feed
flow rate is assumed to be measurable, thus ratio
schemes in this proposed control strategy are in action
to cope with this load change. The next two disturbance
tests are unmeasured load changes. ±20% changes in the
EtOH feed H2O composition and ±50% changes in the
HAc feed H2O composition will be introduced into this
system. The crucial evaluation is to show if the product
impurity specifications can also be approximately main-
tained. Fig. 18 shows the closed-loop dynamic response
for ±20% changes in the EtOH feed H2O composition.
Fig. 18. Closed-loop dynamic response for ±20%
Again, both temperature control points are controlled
back to their setpoint values quite nicely. In this case,
the HAc to EtOH feed ratio is changed to cope with this
unmeasured feed composition disturbance. The HAc
impurity in the product stream has more final steady-
state deviation from the specification. The HAc impurity
is going up to 0.0113 wt% for �20% changes in the
EtOH feed H2O composition.

The closed-loop dynamic response for the ±50%
changes in the HAc feed H2O composition is shown in
Fig. 19. From the figure, it is observed that the impact
of this unmeasured load disturbance to the system is
smaller than the previous one in Fig. 18. Both tempera-
ture control points and the final product impurities are
all behaved nicely.
changes in the EtOH feed H2O composition.



Fig. 19. Closed-loop dynamic response for ±50% changes in the HAc feed H2O composition.
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Since �20% changes in the EtOH feed H2O composi-
tion causes the most steady-state deviation of the HAc
impurity specification in the above study, a practical
method is demonstrated next to bring the HAc impurity
back to specification. Assumed that every few hours the
product impurity composition can be measured off-line
from the quality lab of this plant, thus one can change
the temperature setpoints to bring the impurity back to
specification. Fig. 20 shows the closed-loop dynamic re-
sponse for such situation. At time = 5 h, �20% changes
in the EtOH feed H2O composition is introduced into
the system, some final deviation for the HAc impurity
in the product stream is shown just like previous Fig.
18. At time = 50 h, the temperature setpoint value for
the loop at rectifier is changed from 97.4 to 96.6 �C.
The closed-loop servo response of the controlled temper-
ature is very fast in reaching the new setpoint value.More
importantly, the HAc impurity is back to around the
specification value from 0.0113 to 0.010 wt% after the set-
point change. At time = 100 h, a small change of the set-
point value for the temperature control loop at stripper is
made. The setpoint value is changed from 80.94 to 80.97
�C. Notice from the EtOH product impurity dynamic re-
sponse, this impurity is changed from 0.202 to 0.200 wt%
which is back to original specification. This small change
in the temperature setpoint value may not be realistic and
alsomay not be necessary since the EtOH impurity is very
close to the specification. The reason to include the simu-
lation run from time = 100 to 150 h is to show that there is
a decoupling effect on the two product impurity specifica-
tions. Changing the temperature setpoint value for the
loop at rectifier will affect the HAc impurity but not on



Fig. 20. Closed-loop dynamic response to demonstrate the slow off-line cascade control. @ time = 5 h, �20% change in the EtOH feed H2O
composition is made, @ time = 50 h, the temperature setpoint for the control loop at rectifier is changed from 97.4 to 96.6 �C, @ time = 100 h, the
temperature setpoint for the control loop at stripper is changed from 80.94 to 80.97 �C.
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the EtOH impurity. Similarly, changing the temperature
setpoint value for the loop at stripper will affect the EtOH
impurity but not altering the HAc impurity much at all.
This decoupling nature is most desirable, since one
can immediately decide to change the setpoint value of
which temperature loop to adjust the final product
impurity.
4. Conclusions

Design and control of a realistic industrial scaled
coupled reactor/column process to produce ethyl ace-
tate is studied in this paper. The design of this system
needs to be more complicated than the other coupled
reactor/column systems in the literature. Search proce-
dure is developed to obtain the optimum process design
and operating condition of this process. The optimum
process design is the one that minimize the Total An-
nual Cost (TAC) of this process. The optimum overall
process design includes a continuous-stirred tank reac-
tor (CSTR) coupled with a rectifier, a decanter, another
stripper, and a recycle stream. The design and operat-
ing variables in this search procedure are: the CSTR
holdup, the total number of stages for the rectifier,
the total number of stages for the stripper, the fresh
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HAc feed flow rate, and the water injection rate. The
overall control strategy of this system is also developed.
The recommended control strategy uses the ratio of
acetic acid feed rate to ethanol feed rate to control
the 5th stage temperature of the rectifier and uses the
stripper reboiler duty to control the 5th stage tempera-
ture of the stripper. This simple control strategy does
not need any on-line composition measurements. The
stringent product impurity specifications of 0.01 wt%
HAc and 0.2 wt% EtOH in the EtAc product stream
can properly be held despite feed flow rate and also
feed composition disturbances. A slow cascade outer
composition loop structure can also be implemented
using off-line composition measurements from the
quality lab. This control structure has been demon-
strated to be successful in eliminating small devia-
tion of the product impurity compositions to their
specifications.
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